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The gas and solid mixing in fluid catalytic cracking strippers with and without inter-
nals were investigated using computational fluid dynamics simulations. The Eulerian—
Eulerian two-fluid model coupled with the modified Gidaspow drag model was used to
simulate the gas-solid flow behavior. The grid independency study and the comparison
of 2D and 3D simulations were carried out first. The residence time distribution model
and axial dispersion model were utilized to obtain the parameters indicating the back-
mixing degree, such as mean residence time, dimensionless variance and Peclet
number of gas and solids. Moreover, the influence of bubble size and gas/solid flow
distribution on the mass transfer between the bubble and emulsion phase were also an-
alyzed. The results show that the baffles in the V-baffle stripper can efficiently enhance
the gas and solids mixing, reduce the back-mixing degree of gas and solids, strengthen
the mass transfer between the bubble and emulsion phase, and hence improve the
stripping efficiency. © 2011 American Institute of Chemical Engineers AIChE J, 58: 1119—
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Introduction

Fluid catalytic cracking (FCC) is a key and widely used
refinery process for converting heavy oils into valuable light
products such as gasoline and diesel. Strippers are widely
used in FCC units to remove or strip the hydrocarbons
entrained and adsorbed on spent catalysts by the upward
flowing steam. Insufficient stripping causes an additional
combustion load imposed upon the regenerator with exces-
sive heat production and a loss in final yield of valuable
product. Thus the improvement of stripper operation draws
extensive attention and numerous modifications have been
undertaken to enhance stripper performance.

FCC strippers are generally operated in a gas-solid bub-
bling fluidized bed regime. For good strippers, it is desirable
to realize effective gas and solid contact, to minimize short-
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circulating of solids and gas bypassing, to distribute the gas
uniformly over the cross-section. Stripping efficiency is a
strong function of gas-solid mixing characteristics such as
bubble size, residence time distribution (RTD), backmixing
degree, and gas/solid flow distribution. Therefore, an under-
standing of gas-solid mixing behavior in FCC strippers is
essential for improving the stripping efficiency, which serves
as a fundamental subject for the design and operation opti-
mization of FCC strippers.

Many studies have been undertaken on gas-solid mixing
phenomena in the gas-solid fluidization system. In bubbling
fluidized beds, bubble characteristics is undoubtedly a very
important influencing factor as the transport resistance is
located on the surface of the bubbles. Nguyen et al.' found
that the solid circulation occurred with down-flow at areas
unoccupied by bubble tracks and up-flow in the wakes mov-
ing with the bubbles. These circulation cells were essentially
formed by the action of the bubbles. Krishna and Baten’
proposed that the axial dispersion coefficient of the dense
phase was proportional to the centre-line solid velocity
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which was influenced by the bubble rise velocity. The
exchange coefficient between the bubble and solid phase was
essential to solid mixing which decreases with the increase
in bubble size.** The formation of large bubbles strongly
decreased the exchange coefficient leading to mass transfer
limitations. Krishna and Van Baten® suggested that the coa-
lescence and break-up tendencies could significantly enhance
the mass transfer rates. Overall, small bubbles should be pre-
ferred and the presence of large bubbles should be avoided
to enhance the mass and energy exchange between gas and
solid phases.6’7

To quantify the mixing degree in gas-solid bubbling bed,
the tracer testing technology is widely used. The obtained
RTD is of considerable importance in predicting the degree
of back-mixing in gas-solid fluidized bed. Wolf and Resnick®
investigated the RTD of solids in gas-solid countercurrent
flow fluidized bed using magnetic sand as tracer. Sotudeh-
Gharebaagh and Chaouki’® studied the mixing and hydrody-
namic behavior of a downward facing sparger in a turbulent
fluidized bed by injecting the tracer into the bed. Du et al.'’
examined the gas and solid mixing characteristics in the bub-
bling and turbulent regimes of a gas-solid fluidized bed
using helium and phosphor tracer techniques. Zhong et al.'!
studied the gas mixing in the spouted fluid bed injecting two
different tracer gases. Experimental data obtained from tracer
testing technologies are often fitted to appropriate models to
characterize the mixing characteristics of the system. Smold-
ers and Baeyens12 used axial dispersed model and core/
annulus model to describe the RTD curves in gas-solid cir-
culating fluidized bed. Lorences et al."® characterized the
divergence from the plug flow using the axial dispersion and
n-CSTRs in series models via gas RTD experiments in the
fixed and bubbling bed regime. Cui et al.'* studied the axial
gas and solid mixing at different positions of gas-solid fluid
coker stripper with axial dispersion model using helium and
treated catalyst as tracers.

Recently, computational fluid dynamics (CFD) has
become a valuable tool for studying the flow in complex
multiphase systems, including gas-liquid systems,'>"” gas-
solid dilute phase beds like circulating fluidized bed"®! and
gas-solid dense beds with relative big particles like Geldart
B.?° Despite remarkable progress in CFD modeling of gas-
solid fluidized beds, just a little numerical work on gas and
solids mixing in fluidized beds has been reported in the liter-
ature, and few numerical studies address the gas and solids
mixing in bubbling beds with Geldart A particles.

With heavier feedstocks processed in the FCC units, more
hydrocarbons are brought into the strippers. The conven-
tional FCC strippers without internals no longer meet the
stripping requirement because of severe back-mixing. Inter-
nals such as V-baffle and disk-donut baffle were then
assembled in to the column to increase the gas-solid contact
and improve the stripping efficiency. O’Dowd?>' found that
the solid mixing degree in a baffled column was greater than
that in an unbaffled column at comparable operating condi-
tions in the slurry bubble column. Cui et al.** reported that
horizontal or inclined baffles increased the gas-solid contact
and reduced the axial dispersion, thereby increased the strip-
ping efficiency. Xia et al."” also found that the inclusion of
horizontal baffles or corrugated packing could dampen the
effect of global back-mixing. Zhang et al.® suggested that
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compared to the baffle-free column, the axial solid disper-
sion coefficient was significantly reduced when multilayer
louver baffles were inserted in the gas-solid fluidized bed.
Therefore, the development and improvement of new inter-
nals with high efficiency primarily depends on the quantita-
tive understanding of gas-solid mixing characteristics such as
bubble size, RTD, backmixing degree, and gas/solid flow
distribution.

Our research group had successfully undertaken experi-
mental and computational studies of mass transfer character-
istics and stripping efficiency of bubbling fluidized beds in
FCCU strippers.”**> Based on the previous research, this ar-
ticle focuses on the investigation of gas and solids mixing
characteristics in FCC strippers, and the quantitative analyses
of influence of gas and solids mixing on stripping efficiency.
Bubble feature, characteristics of transient local voidage and
velocities, and RTDs of gas and solid are examined. The pa-
rameters characterizing overall back-mixing degree and local
back-mixing index were obtained and compared with the
available experimental data.

Mathematical Models
Governing equations and constitutive relations

The Eulerian—Eulerian method is widely applied to the
modeling of the dense phase bubbling bed. This model treats
both the gas and solid phase mathematically as continuous
and fully interpenetrating. Generalized Navier-Stokes equa-
tions are used for the interacting continua. To close the gov-
erning equations, the constitutive relations are needed.
Because the solid phase is treated as continuous, it has simi-
lar properties to a continuous fluid. By using the kinetic
theory of granular flows,? 2% the viscous forces and the solid
pressure of the particulate phase can be described as a func-
tion of the so-called granular temperature. The Eulerian—
Eulerian method using the kinetic theory for granular flow
has shown its suitability for modeling dense gas-solid fluid-
ized beds.””*° The governing equations and constitutive rela-
tions are shown in Table 1.

Gas-solid drag model

The gas-solid drag model which represents the interaction
of the gas and particulate phase is key to a successful simu-
lation. For the bubbling bed with Geldart A particles, the
widely used Gidaspow drag model®® employing the Ergun
equation®’ for dense phase calculation and the Wen-Yu
equation® for dilute phase calculation always overestimated
the bed expansion. Gao et al 2+ proposed a modified
Gidaspow drag model based on the equivalent diameter
obtained by Lettieri et al.*® and successfully simulated the
hydrodynamic characteristics in bubbling fluidized beds
(FCCU strippers). The gas-solid drag model proposed by
Gao et al.***> was therefore applied in this article and shown
in Table 1.

RTD model

Numerical tracing methods similar to the experimental
tracing methods were used to obtain the RTDs of gas and
solid phase. The gas/solid tracer which had the same
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Table 1. Governing Equations and Constitutive Correlations
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properties with the stripping gas/catalyst was injected into
the gas/catalyst inlet after the steady flow behavior was
obtained, and the tracer concentration was monitored at the
gas/catalyst outlet to obtain the corresponding RTD.

The RTD function E(7) is calculated as

E(t) = Y, (1) / /0 Sy (e

The mean residence time f,, is calculated by integrating the

RTD as
zm:/ tE(t)dt
0

The variance of the standard deviation o2 of the RTD is

ey

(@)
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o = / (t — tw) E(0)dt 3)
0
The dimensionless variance o3 is calculated using
o) =a’ /e 4

Axial dispersion model

The axial dispersion model proposed by Danckwerts>*

was widely used in the evaluation of the RTD characteris-
tics.¥ 3% Despite the evidence that a convective mecha-
nism may be dominating in fluidized bed with core-annu-
lar phenomena,® the dispersion model can still get accept-
able agreements with experimental results.'> Grasa and
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Figure 1. (a) Structure of the cylinder stripper. (b) Structure of the V-baffled stripper.

Abanades*” compared the dispersion model and the coun-
tercurrent back-mixing model to describe the axial solid
mixing in fluidized beds and found that the axial disper-
sion model was capable to fit the majority of experiments
well.

The axial dispersed model assumes the fluid to be in plug
flow with axial dispersion superimposed on it. The model
lumps the different mechanisms of mixing into a single axial
dispersion coefficient D,,, or its dimensionless Peclet num-
ber Pe. Pe ranges from 0 to +oco. Bigger Pe represents to a
smaller degree of back-mixing.

The relation between Pe and D, is

ulL
D ax

Pe =

(&)

For “closed-open” and ‘‘closed-closed” systems, the
relations between ¢ of the system response to a pulse signal
and Pe, are given by the Eqs. 6 and 7, respectively.
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Simulation Set-Up
Simulation systems

Cold bubbling bed simulations were carried out systemati-
cally on two different FCC strippers (empty cylinder and
V-baffled). The two strippers are composed of two stage
structures, as shown in Figures la, b. The size of down cone
is ®600 mm x ®486 mm x 500 mm and the size of upper
cylinder is ®486 mm x 1500 mm. The empty cylinder strip-
per has no internals, while the V-baffled stripper has four
pairs of V-baffle in the upper cylinder, angled at 45°. Each
baffle blocks 50% of the cross-sectional flow area. The simu-
lations in this study were performed at the same conditions
as the experiments of Zhamg.41 The gas used was air and the
particles were FCC catalysts. The properties of gas and

Table 2. Gas and Particle Properties and Operating

Conditions
Particle diameter 58 um
Particle density 1500 kg/m’
Air density 1.225 kg/m®

1.7 x 107° kg/(m s)
0.10, 0.15, and 0.20 m/s
26.73 kg/(m? s)

230 kg

Air viscosity
Superficial gas velocity
Catalyst mass flow flux
Catalyst inventory
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Table 3. Stripping Efficiencies in Different Strippers

Table 4. Grid Independency Results

Stripper uy (m/s) n (%) Mesh spacing (mm) 2.5 5 7.5 Experiment
Empty cylinder 0.10 77 o (h = 0.7 m) 0.552 0.556 0.511 0.56
V-baffled 92 o (h = 0.9 m) 0.554 0.555 0.528 0.47
Empty cylinder 0.15 87 o (h = 1.1 m) 0.539 0.551 0.531 0.56
V-baffled 94 os (h = 1.3 m) 0.552 0.556 0.530 0.51
Empty cylinder 0.20 86 o (h = 1.5 m) 0.534 0.54 0.483 0.48
V-baffled 95 o (h = 1.8 m) 0.517 0.529 0.503 0.50

Simulation time (h) 168 44 23

particle and the corresponding experimental conditions are
listed in Table 2.

Simulation code and numerical algorithm

Differential equations mentioned in section 2.1 were
solved by a finite volume method by Patankar.*? These equa-
tions were discretized by a first-order upwind differencing
scheme over the finite volume, and solved by the commer-
cial CFD package Fluent V6.3.26. The drag coefficient of
the modified Gidaspow drag model was specified by user-
defined functions (UDFs) in the C programming language,
and then compiled and hooked to the Fluent solver. The
Phase Coupled SIMPLE (PC-SIMPLE) algorithm, which is
an extension of the SIMPLE algorithm for multiphase flow,
was used for the pressure-velocity coupling and correction.

0.63
0.60
0.57
0.54
0.50
0.47
0.44
0.41
0.38
0.35
0.31
0.28
0.25
0.22
0.19
0.16
0.13
0.09
0.06
0.03
0.00

(b)

Figure 2. Instantaneous solid volume fractions at three
mesh resolutions. (a) 2.5 mm. (b) 5 mm. (c)
7.5 mm.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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The dimensions of the computational domain were the
same as those of the actual experimental fluidized bed. Grids
were created in a CAD program called GAMBIT 2.2.30 and
exported into Fluent 6.3.26. Additionally, the grid was di-
vided into a lower zone and an upper zone for the purpose
of specifying initial conditions.

Because of the usual instability and convergence for multi-
phase simulation, a very small time step (0.0001 s) with about
20 iterations per time step was used. A convergence criterion
of 1072 for each scaled residual component was specified for
the relative error between two successive iterations. The total
simulation time of gas-solid flow was much longer than the
mean solid residence time to ensure to reach the desired oper-
ating conditions. The time-averaged distributions of variables
were computed covering the period of the last 20 s.

Boundary and initial conditions

The inlet of the gas phase as well as the inlet and outlet
of the particulate phase were designated as velocity inlets in
Fluent 6.3.26, where the direction of gas or particle flow
was normal to the boundary. Flow rates used for each veloc-
ity inlet were determined from the superficial velocity men-
tioned above. The top of the bed was set as the outflow
boundary condition for the gas phase. At the wall, no-slip
boundary condition is assumed for gas and solid phase.

Initially, the lower zone of stripper was filled with par-
ticles at an appropriate initial volume fraction. The initial
concentration of the particulate phase was based upon the
maximum packing fraction for the material (0.60). The ini-
tial velocity of the particulate phase was set at zero.

Results and Discussion

The flow behaviors and stripping efficiencies in the empty
cylinder and V-baffled strippers have been successfully inves-
tigated in our previous work.>*?* The results showed that the
V-baffled stripper exhibited higher mass transfer rates and
overall stripping efficiencies than the empty cylinder stripper,
shown in Table 3. However, the details of gas and solids mix-
ing and the effects of gas and solids mixing on stripping effi-
ciency have not been deeply studied. Hereinafter the gas and
solid mixing characteristics including bubble size, RTD, back-
mixing degree, as well as gas/solid flow distribution were fur-
ther analyzed based on CFD simulation results.

Grid independency

To confirm that the CFD results are independent of the
mesh size, a grid independency analysis was carried out using

DOI 10.1002/aic 1123
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Figure 3. (a) Radial profiles of time-averaged axial gas velocity at 1.0 m. (b) Radial profiles of time-averaged axial
solid velocity at 1.0 m. (c) Radial profiles of time-averaged solid volume fraction at 1.0 m. (d) Residence

time distributions of gas at the outlet.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

three mesh interval spacings, i.e., 2.5 mm, 5 mm and 7.5 mm
for 20 s of real time simulation. Figure 2 shows the instanta-
neous solid volume fractions at three mesh resolutions. It can
be seen that fine mesh (2.5 mm) case and medium mesh (5.0
mm) case capture more reasonable flow characteristics of
bubbles relative to the coarse mesh (7.5 mm). Table 4 shows
the prediction of time-averaged solid volume fraction oy at
different axial heights with comparison of the experimental
results of Zhang.‘“ The o, obtained from the medium mesh
case and fine mesh case are close and are comparable to the
experimental data, which indicates that the mesh spacing of 5
mm is sufficiently fine for providing reasonably mesh inde-
pendent results. Moreover, the simulation time of the mesh
with the interval spacing of 5 mm is one fourth of that of 2.5
mm. Therefore, the mesh spacing of 5 mm is used in the cur-
rent simulation.

Comparison between 2D and 3D results

Two-dimensional (2D) simulation was often used in the
open literatures of bubbling fluidized beds simulation. Some
research showed 2D simulation could successfully predict
the hydrodynamic characteristics in a bubbling bed.** How-
ever, some papers reported the difference between 2D and
3D simulations.'” The validity of 2D simulation should be
first studied. In this section, the 2D and 3D simulations were
carried out and compared. The 2D system dimensions are
0.168 m width and 1.5 m height, and the 3D system dimen-
sions are 0.168 m inner diameter and 1.5 m height. The
mesh interval spacing is Smm. The radial distributions of the
time-averaged axial gas, solid velocities and solid volume
fraction, as well as the RTD curves of gas obtained from 2D
and 3D simulations are compared, as shown in Figure 3. It
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can be seen that the 2D and 3D simulated results are overall
consistent. The calculated mean residence time ¢, is 6.2 s in
2D simulation and 7.1 s in 3D simulation, and the dimen-
sionless variance 092 is 0.34 in 2D simulation and 0.35 in
3D simulation, respectively. Hence, the mixing extent pre-
dicted by the 2D simulation is quantitatively similar with the
3D results. Moreover, the 2D simulation requires lower com-
putational resources. Therefore, the 2D simulation was used
in the present work to characterize the gas-solid mixing in
FCC strippers.

Bubble size

According to the structural wake model,**** the bubbling
fluidized bed is composed of a bubble phase and two partic-
ulate phases which are called wake phase and emulsion
phase. Bubbles carrying the wakes behind them flow upward
in the center region and push the emulsion phase sideways.
The emulsion phase is then forced to proceed downward
near the wall. Meanwhile, some particles enter the wake
phase from the emulsion phase and flow up with bubbles. As
the transport resistance is located on the surface of the bub-
bles, the flow behavior of bubbles is undoubtedly essential
to the mass exchange of gas and solids and the final strip-
ping efficiency. Cammarata et al.*® compared the simulated
bubble diameters from 2D and 3D simulations to the calcu-
lated diameters from Darton’s model.*’ They found that the
bubble diameters from both 3D and 2D simulations were
close to the diameters from Darton’s model which are origi-
nal from 3D fluidized bed. Thus the 2D diameters in the
present simulation can be used to predict the bubble distribu-
tions in the actual 3D fluidized bed.

Various definitions have been used to distinguish bubbles in
the bubble column such as the local voidage more than 0.7,48
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Figure 4. Axial distributions of bubble diameters in dif-
ferent strippers (ug = 0.15 m/s).

0.8,49 and 0.85°°. Here we adopted the definition of Guenther
and Syamlal.*® The radial distributions of the local voidage Oy
at various heights were monitored every 0.01s for 20 s. The ra-
dial lengths where «, is more than 0.7 were regarded as the
horizontal bubble sizes. The biggest bubble size at a certain
height was recorded as the bubble diameter which was in fact
the horizontal length of the biggest bubble passed through this
height. The regions below baffles were not regarded as bub-
bles despite their voidages were close to 1, since they were
“dead volumes” useless for mass transfer.?*>

The bubble diameters at various heights in the two strip-
pers are presented in Figure 4 and in comparison with Dy
calculated by the expressions of Rowe,”! Darton et al.*’ and
Mori and Wen,> as shown in Eqs. 8-12, respectively. Rela-
tions (8) and (9) take the gas velocity and distributor poros-
ity into account while the relation (10) also considers the
effect of fluidized bed diameter. These models, which are
based on two-phase theory by Davidson and Harrison,
assume that bubbles coalescence along preferred paths,
where the distance traveled by two neighboring bubbles
before coalescence is proportional to their lateral motion.*°
The bubble diameters calculated from these models, which
account for bubble coalescence but not for any splitting, are
volumetric average diameters of the biggest bubbles at dif-
ferent heights.

Dy = 0.54 (1tg — ) (h + o) g7/ ®)

Dy = (g — tteys)"*(h + ho)*/* g1/ ©)
Dim — D

H =exp (0.3 h/D,) (10)

Do = 0.347 (A (g — ttmr) /na)*> (11)

D = 0.652 (A, (1ty — tty))*/* (12)

where, Dy, is the maximum bubble diameter due to total
coalescences of bubbles, and Dy is the initial bubble diameter
at the distributor. The parameter h, characterizes the
distributor. For a porous plate distributor, for example, A is
0.03 m. The minimum fluidizing velocity u,s has a value
about 1-3 mm/s,>* which is negligibly low compared with the
superficial gas velocity u,. For fine Geldart A powders,
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Figure 5. Mean bubble diameters in different strippers.

the growth of bubbles dose not proceed indefinitely and the
bubbles reach an equilibrium size at a distance i~ above the
distributor. For FCC catalyst particles (d, ~ 50 um), " has a
value of about 0.5 m.>*

Figure 4 indicates the axial distributions of bubble diame-
ters in the two strippers. The diameters calculated from the
relations of Rowe’' and Darton et al.*’ are constants over
the height of 4", The simulated bubble diameters are in rea-
sonable agreement with calculated ones, especially with the
data calculated by Mori and Wen’s expressions.’> The agree-
ment demonstrates the feasibility of using CFD method to
investigate the bubble performance in the fluidized bed.

At the bottom of the two strippers, the bubbles possess
similar diameters of about 5 cm. Approaching to the top of
the dense bed, Dy, in the empty cylinder stripper increases to
about 12 cm, which is about 70% of the column diameter
(16.8 cm). This is consistent with the results of Bi and
Chen,55 who reported that the bubble size was restricted to
no more than 2/3 bed diameter in the small diameter col-
umn. In the V-baffled stripper, the increasing of Dy is re-
stricted because of the redistribution effect of baffles. The
sharp fluctuations of Dy, indicate the coalescence and break-
up of bubbles in the V-baffled stripper. Figure 5 compares
the mean bubble diameters in the two strippers. The redis-
tribution effect of the baffles decreases the mean bubble size
in the V-baffled stripper to about 80% of that in the empty
cylinder stripper, which is helpful for increasing the interfa-
cial area and thus improving the stripping efficiency.
O’Dowd et al.®' has reported that the interfacial area was
larger in the baffled column at low velocities compared to
the open column.

Table 5 lists the mean bubble diameters in the empty cyl-
inder and V-baffled stripper. It can be seen from Tables 3
and 5 that the V-baffled stripper with smaller bubble diame-
ters exhibits higher stripping efficiencies. Thus an effective

Table 5. Mean Bubble Diameters in Different Strippers

Stripper u, (m/s) Dy, (cm)
Empty cylinder 0.10 8.6
V-baffled 7.4
Empty cylinder 0.15 10.0
V-baffled 8.1
Empty cylinder 0.20 10.6
V-baffled 9.4
Published on behalf of the AIChE DOI 10.1002/aic 1125
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Figure 6. Local voidage fluctuations (ug = 0.15 m/s, h = 1.0 m).
(a) empty cylinder stripper, x = 0 mm. (b) V-baffled stripper, x = 0 mm. (c) empty cylinder stripper, x = 76 mm. (d) V-baffled stripper,

x =76 mm.

method to increase stripping efficiency is reducing the bub-
ble diameter to increase the interfacial area of mass transfer.
Until now, many kinds of internals such as grid56 and
packed57 structures have been introduced in FCC strippers to
restrict the growth of bubbles and improve gas-solid contact-
ing. However, the subdivision of stripping column brings
more difficulties on the maintenance of apparatus. The opti-
mization of simple structures is more practical, but need
deeper understanding of the influence of the gas-solid mixing
on the stripping efficiency.

Characteristics of transient local voidage and axial
velocities

The distributions of gas and solids in the bubble and
emulsion phase have an essential effect on mass transfer.
Figure 6 shows the voidage-time curves in the center (x = 0
mm) and near the wall (x = 76 mm) of the two strippers.
The local voidages show random and fluctuating from &, to
1 at a given position, and the fluctuations of the local voi-
dage in the center are more violent than that near the wall.
To quantitatively analyze the local fluctuation characteristics,
the probability density function of the voidage varying from
&mr to 1 was introduced. The probability for the voidage to
fall within a particular region is given by the integral of the
voidage’s density over the region. Figure 7 depicts the prob-
ability density functions of local voidage at two radial loca-
tions. In Figure 7 (a), the peak near the voidage of 0.4 in the
empty stripper represents the emulsion phase. The peak
value is about 37%. In the V-baffled stripper, the peak posi-
tion for the emulsion phase moves to a higher voidage, indi-
cating more gas entering the emulsion phase. Besides, the
peak value for the emulsion phase is much lower, about 7%.
The compensation is the intensification of the wake phase
from the voidage 0.5 to 0.7. This is helpful for promoting
the mass transfer between the bubble and emulsion phase. In
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the wall regions of both strippers, as shown in Figure 7b, the
peak value is as high as 50 and 80%, respectively, because
of the domination of the emulsion phase.
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Figure 7. Probability density distributions of local voi-
dage (ug = 0.15 m/s, h = 1.0 m).
(a) x = 0 mm. (b) x = 76 mm.
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Figure 8. Axial velocity fluctuations (ug = 0.15 m/s, h = 1.0 m).
(a) empty cylinder stripper, gas, x = 0 mm. (b) V-baffled stripper, gas, x = 0 mm. (c) empty cylinder stripper, solid, x = 76 mm. (d) V-

baffled stripper, solid, x = 76 mm.

Figure 8 shows the axial velocity fluctuations of gas and
solids in the center and near wall region. The velocities of
gas are mainly positive in the center and those of solids are
mainly negative near the wall because of the core-annular
flow structure. In the center region, the calculated time-aver-
aged gas velocity is 0.55 m/s in the empty cylinder stripper
and 0.28 m/s in the V-baffled stripper. In the near wall
region, the calculated time-averaged solid velocity is —0.24
m/s in the empty cylinder stripper and —0.36 m/s in the V-
baffled stripper.

The probability density functions of axial velocities of gas
in the center and solids near the wall are plotted in Figure 9.
Like the probability density of voidage, the probability density
distribution of gas/solid velocity can be used to quantitatively
represent the probability for the velocity to fall within a spe-
cific region. It can be seen that bubbles flow upward in the
center region, leading to about 100% gas processing upward at
x = 0 mm in both strippers. The probability of the gas velocity
in the center of the V-baffled stripper exhibits a double-peak
distribution compared to the single-peak distribution in the
empty cylinder stripper. This double-peak in the V-baffled
stripper indicates the existence of more fractions of wakes and
more small bubbles. According to Figure 9b, the probability
for the velocity higher than 0 m/s, i.e., the probability of solids
back-mixing near the wall, in the V-baffled stripper is only 1%
but that in the empty cylinder stripper is as high as 13%. The
reduction of axial back-mixing in the V-baffled stripper will
definitely increase the driving force of mass transfer and
improve the stripping efficiency.

RTDs of gas and solid
The RTD curve is an indication of flow behavior to deter-

mine the mixing degree. For the ideal plug flow, all fluid
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elements have equal residence times at the outlet and the
RTD curve is a vertical line after the injection time. For the
ideal mixing flow, the fluid is completely mixed and the
RTD curve at the outlet increases abruptly in an instantane-
ous rise at the injection time and decay exponentially with
time thereafter.>®

Figures 10 and 11 show the RTD curves of gas and sol-
ids in both strippers. The delay of the increase from time
zero and the single-peak distribution indicates the combina-
tion of the plug and mixing flow. It can be seen that all
curves of gas and solids exhibit long tails. Harris et al.”
suggested that sharp peak and long tail were indicative of a
core-annulus flow structure. The long tails are caused by
the recirculation of gas and solids. The RTD curves of the
gas in the two strippers and those of the solids in the V-
baffled stripper become narrower and higher with increasing
gas velocity. However, for the solids in the empty cylinder
stripper, the RTD curves show similar distributions at dif-
ferent velocities. We attribute this trend to the significant
back-mixing of solids in the empty cylinder stripper. The
increasing degree of the solid back-mixing with increasing
gas velocity is so great that it offsets the increasing degree
of the solid velocity.

To investigate further into the mixing phenomena in the
two strippers, the global and local mixing degrees were
quantified in the next two sections.

Global mixing of gas and solid

The characteristic parameters of RTD curves such as
dimensionless variance oo> and Peclet number Pe are capa-
ble of quantifying the global mixing degree in the fluidized
bed. And the mean residence time t,, can reflect the fraction
of flow trapped in the recirculation pattern.

DOI 10.1002/aic 1127
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In Figures 12 and 13, 1, and o¢” in the two strippers are
plotted as functions of superficial gas velocity. The oo’ of
gas and solids in the two strippers are all more than 0.2,
which indicate the flow deviating from the plug flow. The
00> of gas in the V-baffled stripper is between 0.2 and 0.3
which is less than that in the empty cylinder stripper. The
ao” of solids in the empty cylinder stripper is as high as 0.7
at 0.2 m/s which is 2.5 times the g4> in the V-baffled strip-
per. It is proved that the existence of V-baffles effectively
inhibits the solid back-mixing. Due to the severe back-mix-
ing of solids, the catalysts in the empty cylinder stripper
undergo multiple recirculations and the #,, of solids is thus
prolonged, as shown in Figure 13. The ¢, of solids in the
empty cylinder stripper at 0.20 m/s is two times of that in
the V-baffled stripper. The reverse change of the #,, of solids
in the empty cylinder stripper compared to that in the V-
baffled stripper can also explain the particular change of
RTD of solid in Figure 11a.

The long residence time and low back-mixing degree of
catalysts in FCC strippers are favorable for increasing strip-
ping efficiency. The empty cylinder stripper had long resi-
dence time, but meanwhile had more back-mixing. The low
stripping efficiency of empty cylinder stripper showed that
the back-mixing of catalysts had more influence on the strip-
ping efficiency than the residence time. Thus, it is more im-
portant to compare the back-mixing degree than to compare
the mean residence time when comparing the stripping effi-
ciency from the RTD curves.
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The RTD curves of gas and solids are also related to the
gas-solid mixing in the frame of the classic chemical engi-
neering approach with axial dispersed model as introduced
previously. The obtained Peclet number can describe directly
the local back-mixing degree, as shown in Figure 14. The
countercurrent flow of the stripping gas and catalysts leads
to severe back-mixing in the strippers. Almost all Peclet
numbers in the two strippers are less than 11, which were
very comparable to the results of Lorences et al.'’ who
found that the Pe of gas in the gas-solid bubbling bed was
close to 10, and the Pe in the column with internals was
higher than in the open column. The Pe of gas in the V-
baffled stripper is about 10, which is 1.12 times of that in
the empty cylinder stripper. The Pe of solids in the V-baffled
stripper is close to 6, which is 26 times of that in the empty
cylinder stripper. Higher Peclet numbers in the V-baffled
stripper corresponds to higher stripping efficiencies as shown
in Tables 3 and 6. The redistribution effect of the baffled
structure on the back-mixing of gas and solids leads to
higher Pe in the V-baffled stripper. Such effect of baffles on
the axial dispersion was also proved by Zhang et al.*

Local mixing of solid

To investigate the detail of the local back-mixing, the
local back-mixing index (LBI) is introduced. It is defined as
the ratio of the back-mixed mass flow to the total mass flow
at a certain position,60 shown as the following,
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Figure 10. Residence time distributions of gas.
(a) empty cylinder stripper. (b) V-baffled stripper.
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Figure 11. Residence time distributions of solid.
(a) empty cylinder stripper. (b) V-baffled stripper.

The ;" and u; of solids were recorded every 0.01 s for 20 s.
LBI ranges from O (no back-mixing) to 1 (complete back-
mixing). The obtained LBI at different positions in the empty
cylinder and V-baffled stripper are shown in Figure 15. As the
bubbles move mainly in the center region, carrying catalysts in
the bubble wakes, the LBI of solids in the center is close to 1.
The wall region is the main downwardly flowing route of the
catalysts, thus the LBI of solids is close to 0. In the empty
cylinder stripper, the LBI of solids at different heights show
similar symmetric distributions. But in the V-baffled stripper,
the LBI of solids show asymmetrical distributions except on
the height of 1.3 m which has an equal distance from the upper
and lower baffles.

In the V-baffled stripper, the positions of 0.5, 1.0, 1.4, 1.5
and 2.0 m are near to the left baffles (x < 0 mm) while rela-

140 -
120 | I/ —m—empty cy]indcr, solid
:, o - -a--empty cylinder, gas
E 100l —o— V-baffled, solid
: --A-- V-baffled, gas
Q
5 80
=t \
v
2 60} s
5
40 +
= .
20k A——-::::::=,__=_:A_
L 1 1 - _I_ chres =| ----- *
0.10 0.12 0.14 0.16 0.18 0.20

u, m/s
g

Figure 13. Mean residence times of gas and solid.

tively far from the right baffles (x > 0 mm). It can be seen
that the LBI at x = —42 mm are lower than 0.4 and the LBI
at x = 42 mm are higher than 0.6. All the LBI at these posi-
tions in the empty cylinder stripper are close to 0.6. The
back-mixing of the solids seems stronger at x = 42 mm in
the V-baffled stripper than in the empty cylinder stripper.
But the solid back-mixing will be damped to lower than 0.4
as the catalysts proceed to the upper baffles. Overall, the
asymmetrical distributions of LBI arising from staggered
arrangement of baffles effectively reduce the global back-
mixing of catalysts.

Traditionally, the improvement of the stripper structures is
based on the following principles: decreasing the residence
time and back-mixing degree of gas, increasing the residence
time of solids while decreasing the solid back-mixing
degree. The application of multistage stripping structure®'*
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can prolong the residence time without increasing the back-
mixing. But the stripper volume is enlarged and the stripper
structure is becoming complicated. Another promising strip-
per which has a simple structure and does not enlarge the
stripper volume is the so-called ‘“‘annular stripper,”63 which
was proved to have a high stripping efficiency by experi-
ments. The details of gas and solids mixing and their effect
on stripping efficiency in the annular stripper deserve in-
depth investigation by the above approach.

Conclusions

CFD simulation was performed for two kinds of FCC
strippers to study the gas and solids mixing using Eulerian—
Eulerian two-fluid model, RTD model and axial dispersion
model. The simulation results revealed that comparing to the
empty cylinder stripper, the V-baffled stripper has the fol-
lowing advantages to improve the stripping efficiency:

(1) The bubble coalescence and break-up is strengthened.
And the mean bubble diameter is decreased to about 80% of
that in the empty cylinder stripper.

(2) The wake phase is intensified which will strengthen
the mass transfer between the bubble and emulsion phase.

(3) The global back-mixing degree is reduced. The proba-
bility of solids back-mixing near the wall of 1% in the V-
baffled stripper is much lower than that of 13% in the empty
cylinder stripper. The Pe of gas in the V-baffled stripper is
1.1-2 times of that in the empty cylinder stripper. And the
Pe of solids is 2—6 times of that in the empty cylinder strip-
per.
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(4) The local back-mixing extent in the V-baffled stripper
exhibits asymmetrical distribution because of the staggered
arrangement of baffles, which effectively reduce the global
back-mixing of catalysts.

The obtained results highlight the principles of stripper
optimization on increasing stripping efficiency.
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Notation

A, = cross-sectional area of the fluidized bed, m?
Cp = drag coefficient
d,, = diameter of particle, m
d'd’ = effective mean diameter of particle, m
= diffusion coefficient, m? s~ !
D,x = axial dispersion coefficient, m? s~
Dy, = diameter of bubble diameter, m
Dy = initial bubble diameter at the distributor, m
Dy, = maximum bubble diameter, m
D, = fluidized bed diameter, m
e = restitution coefficient
E(f) = residence time distribution, s~
g = gravity acceleration, m s >
go = radial distribution function
h = bed height, m
ho = bed height characterizing the distributor, m
h* = bed height where bubble reaching equivalent diameter, m
L = distance between the tracer input and detection points, m
LBI = local backmixing index
nq = number of orifice opening in the distributor
p = pressure, Pa
Pe = Peclet number
r = radial position, m
R = bed radius, m
Re = Reynolds number
t = time, S
t,m = mean residence time, s
u = velocity, m s !
u = velocity vector, m/s
u, = superficial gas velocity, m/s
Ume = minimum fluidization velocity, m/s
uu,” = axial velocity of up-flowing fluid, m/s
u, u,” = axial velocity of down-flowing fluid, m/s
x = direction coordinate
Y, = mass fraction of species n, wt %

Greek letters

1

1

A = void fraction
S = interphase momentum exchange coefficient, kg/(m® s)
ye = collisional dissipation of energy, kg/(m s°)
0 = dimensionless time
Ap = solid bulk viscosity, Pa s
up = particle phase shear viscosity, Pa s
p = density, kg/m?

o2 = variance of the standard deviation, $2

0% = dimensionless variance
T = stress tensor, Pa
I'e = diffusion coefficient for the energy fluctuation, kg/(m s)

® = granular temperature, m*/s”

Subscripts

i, j, k = direction coordinate
g = gas phase
m = mean
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max = maximum

3
Il

species n
p = particle phase
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